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SUMMARY 
The purpose of this investigation was to develop an 
economical method of preparing a pure rare earth nitrate 
mixture from California bastnasite, a rare earth fluo-
carbonate ore. A solution of the mixed rare earth nitrates 
might be used as a feed for a solvent extraction operation 
in which the individual rare earths are separated. 
Laboratory and bench scale investigations were per­
formed to determine the optimum conditions required in 
each phase of the process. The process developed during 
this investigation consisted of the following steps. 
1. Calcination of the ore for one hour at 900°C or 
four hours at 800°G. The calcite and bastnasite in the ore 
were decomposed by calcination and thus the violence of 
the subsequent reaction between the calcine and the nitric 
acid was more easily controlled. 
2. Digestion of the calcine in 57 per cent nitric 
acid for one hour. The reaction of the calcine with the 
nitric acid produced enough heat so that all of the rare 
earths and calcium were readily dissolved from minus 10-
mesh ore particles. An acid to calcine weight ratio of 
3.00 was required. 
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3* Filtration of the reaction slurry and washing of 
the filter cake. At least a 35 per cent dilution of the 
leach slurry was required in the filtration operation so 
that all of the calcium nitrate was dissolved. 
4. Recovery of the combined rare earth nitrates from 
the leach liquor in a solvent extraction operation using 
tributyl phosphate (TBP) as the solvent. The solvent 
extraction operation was performed in four cocurrent 
extract stages using an aqueous to organic (H/L) volume 
ratio of 2.00 in each stage. Some calcium was also ex­
tracted by the TBP, therefore, the TBP products from each 
of the extract stages were combined and scrubbed twice with 
water using a H/L ratio of 0.067. The scrub solutions 
contained some rare earths as well as calcium and were 
recycled to the first extract stage. Due to the recycling 
of the scrub solutions, an overall H/L ratio of 0.38 was 
required in the solvent extraction. 
5. Recovery of the nitric acid combined with the 
calcium and other soluble impurities. A reaction between 
the raffinate and sulfuric acid, using an acid to r&f-
finate volume ratio of 0.18, liberated most of the nitric 
acid. The nitric acid in the reaction slurry was recovered 
by filtration and then concentrated by extractive distil­
lation using sulfuric acid. The details of the extractive 
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distillation operation were not determined in this invest­
igation. 
The results obtained during this project indicated 
that over 98 per cent of the rare earths could be recovered. 
About 18 per cent of the nitric acid fed to the leaching 
operation was combined with the rare earths or was lost 
in the nitric acid recovery operation. 
A preliminary cost estimate of the proposed process 
was made in which it was assumed that the plant would 
operate 350 days a year with a daily capacity of 75 tons 
of ore per day. The cost estimate indicated that a rare 
earth nitrate hexahydrate mixture dissolved in the TBP 
could be produced for about #0.16 per pound of mixed rare 
earth nitrate hexahydrate. It is difficult to compare 
this cost with the cost of producing the rare earths from 
monaaite sands since the monazite sands have been primarily 
processed for the thorium content. However, this process 
seems economically feasible because of the high price of 
the mixed rare earth nitrate hexahydrates, about #0.75 
per pound, and the very high price of the individual rare 
earth nitrates. 
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INTRODUCTION 
The rare earths, often called the lanthanons, are a 
family of elements having atomic numbers from 57 to 71. 
In aqueous solutions the rare earth salts are very sim­
ilar chemically and their separation from each other is 
exceedingly difficult. However, the physical and nuclear 
properties of the individual rare earth metals are quite 
different. For example, cerium melts at ÔO4°C while, 
terbium melts at 1360°C. Also, naturally occurring 
gadolinium has a thermal neutron absorption cross-section 
of 46,000 barns while naturally occurring cerium has a 
thermal neutron absorption cross-section of only 0.7 
barns (13). 
The Atomic Energy Commission is interested in the 
rare earths because the rare earths constitute an im­
portant part of the fission products resulting from the 
fissioning of uranium, some of the rare earth metals have 
attractive nuclear and physical properties, and large 
quantities of rare earths are associated with some thorium 
and uranium ores. 
The most abundant rare earth ores are monazite 
sands, a rare earth phosphate ore containing thorium 
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and uranium; and bastnasite ore, a rare earth fluocar­
bonate ore. In the United States the major deposit of 
monazite sands is located in Idaho. Other deposits of 
monazite sands are located in Florida, North Carolina, 
South Carolina, California, and Montana. Extensive 
deposits of bastnasite ore are found in San Bemadino 
County, California, and in Lincoln County, New Mexico. 
The processing of monazite sands for thorium was 
an important industry from 1893 to 1910. During that 
period over 300 tons per year of domestic monazite con­
centrates were produced (11). The greatest portion of 
the thorium obtained from the monazite concentrates was 
used for the production of incandescent gas mantles. 
Since monazite sands contain from six to fifteen times 
as much rare earths as thorium, mixed rare earths have 
been available for many years. The adoption of electric 
lighting in the United States shortly before World War I 
caused a sharp reduction in the demand for thorium. The 
total domestic output of monazite concentrates from 1910 
to 1944 was only about 50 tons per year (11). The de­
crease in the production of monazite concentrates resulted 
in a decrease in the production of mixed rare earths. 
The advent of the nuclear era has renewed interest 
in thorium and thereby has increased the production of 
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thorium and rare earths. The present interest in thorium 
is based on the fact that the absorption of slow neutrons 
by thorium leads, through a series-of radioactive decays, 
to uranium 233• Uranium 233 is capable of maintaining 
a nuclear chain reaction and is therefore a source of 
nuclear power. 
At the present time the rare earths are primarily 
used for stabilizing the arc of carbon electrodes, color­
ing glass, polishing lenses, and for producing misch 
metal and ferrocerium. Misch metal and ferrocerium are 
used to produce lighter flints, alloy steels, and mag­
nesium alloys (15). The demand of these industries for 
the rare earths is easily satisfied at the present time. 
The quantity of rare earths produced from monazite 
sands exceeds the quantity of rare earths produced from 
bastnasite ore. However, in 1952 about 60 tons per day 
of bastnasite ore were being processed at the California 
deposit (23). Prank Lamb in Lamb and Sargent (12) states 
that, "except for the fact that bastnasite contains no 
thorium which paid a large part of processing monazite 
in 1954, it would probably have been the major source of 
the cerium group or lighter rare earths." 
Present practice at the California bastnasite de­
posit involves the flotation of the mineral bastnasite 
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from barite. The flotation operation yields a concen­
trate which assays from 60 to 70 per cent rare earth 
oxides. However, over 25 per cent of the rare earths 
are lost in the flotation operation. Most of the calcite 
in the flotation concentrate is removed by leaching the 
concentrate in dilute hydrochloric acid. The leached 
concentrate is then calcined to remove fluorine and carbon 
dioxide and to produce the mixed rare earth oxides. 
The rare earth oxides in the calcined concentrate 
are made water soluble by digestion of the calcined con­
centrate In boiling concentrated sulfuric acid or in 
concentrated hydrochloric acid (11). The rare earths 
are dissolved from the reaction mass by leaching with 
cold water. The precipitation of the rare earths from 
the solution using oxalic acid yields a high purity rare 
earth oxalate mixture. Almost any desired mixed rare 
earth compound can be produced from the rare earth oxa­
lates. At the present time most of the rare earth oxa­
lates are converted to rare earth chlorides which are 
either fed to ion exchange columns for the separation of 
the individual rare earths or reduced to misch metal. 
Current research has indicated that the separation 
of the individual rare earth nitrates by solvent ex­
traction may prove to be more economical than the separation 
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of the individual rare earths by ion exchange. The pur­
pose of this research project was to develop an economical 
method of preparing a pure rare earth nitrate mixture from 
the California bastnasite ore. A solution of the mixed 
rare earth nitrates could be used as a feed for a solvent 
extraction operation in which the individual rare earth 
nitrates are separated. 
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PREVIOUS WORK 
History and Occurrence 
In 1949, a large radioactive ore body was discovered 
in the Mountain Pass District of San Bernadino County, Cal­
ifornia (IT). Although the chemical analysis of the ore 
indicated that it contained less than 0.1 per cent thorium, 
the analysis indicated that the ore contained an average 
of 5 to 15 per cent bastnasite. Shortly after the deposit 
was discovered, several geological surveys of the area were 
made to determine the extent of the deposit. One of these 
surveys indicated that the deposit contained at least one 
billion pounds of recoverable misch metal, while another 
geological survey indicated that the deposit contained about 
ten billion pounds of recoverable misch metal (17) (23). 
Earlier, in 1942, bastnasite was found in the fluorspar 
deposits of the Gallinas Mining District of Hew Mexico (22). 
The analysis of the New Mexico ore indicated that it con­
tained an average of 5 to 10 per cent bastnasite and less 
than 0.1 per cent thorium. The extent of the New Mexico 
deposit has not been determined. 
Both the New Mexico and California ores contain about 
the same quantity of rare earths and barite, however, the 
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fluorlte, silica, and calcite content of the two ores is 
quite different. The average compositions of the New Mex­
ico and California ores are presented in Table 1* The 
analysis of the rare earth content of a sample of Cali­
fornia bastnasite ore was made by Lindsay Chemical Com­
pany. The analysis of the rare earth sample is presented 
in Table 2. 
In 1950, the Molybdenum Corporation of America pur­
chased part of the claims at the California deposit and 
the mill on the property. The mill was originally con­
structed to process the gold ores of the Mountain Pass 
District. After many unsuccessful attempts at floating a 
Table 1. Average composition of the New Mexico and 
California bastnasite ores (15) 
Constituent Percentage 
California New Mexico 
Calcite 25 - 35 0 
Fluorlte 0 60 
Bastnasite8- 10 5 - 1 0  
Silica 15 - 20 NRb 
Bar!te 30 - 40 25 - 35 
C^alculated as rare earth oxides. 
t>Not reported. 
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Table 2. Analysis of rare earth oxides from California 
bastnasite ore (15) 
Constituent Percentage 
e^2®3 48 «4-
Pr6On 4.2 
Hd203 11.7 
Sn^ O-j 1 «3 
La20^  and others 34.3 
bulk mixed rare earth concentrate, the idea of floating 
the barite and depressing the bastnasite was conceived. 
This idea led to a successful rare earth concentration 
method to which the mill on the property was adapted. 
The mill has a daily capacity of 80 to 120 tons of raw 
ore and began operation In 1952 with a daily capacity of 
60 tons (23). The mill produces a concentrate which con­
tains from 60 to 70 per cent rare earth oxides. The con­
centrate is shipped to other plants for further processing. 
Laboratory tests also indicated that the bastnasite in 
the New Mexico ore could be concentrated by flotation (15)• 
Some consideration had been given to the possibility of re­
covering the fluorlte and barite in the flotation operation. 
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However, none of the fluorlte or barite was recovered during 
the initial operations of the flotation mill. Although the 
mill had originally been designed to produce a 60 per cent 
rare earth concentrate, the flotation operation seldom 
produced a concentrate containing more than 50 per cent 
rare earth oxides. The rare earth concentrates were being 
shipped to the Lindsay Chemical Company, but latest reports 
indicated that the New Mexico ore is no longer being proc­
essed for rare earths. 
Processing of California Bastnasite Ore 
Present practice involves the production of a 60 to 
70 per cent rare earth oxide concentrate from the Cali­
fornia bastnasite ore. The concentrates are leached in 
dilute hydrochloric acid and then calcined. The digestion 
of the calcine in concentrated hydrochloric acid produces 
the rare earth chlorides which can be converted to most 
any other desired rare earth compound. The exact details 
of the hydrochloric digestion of the rare earth concen­
trates were not found in the literature. 
T. R. Graham of the Bureau of Mines reported that 
the rare earth fluocarbonates were converted to the rare 
earth sulfates by heating the concentrate in 30 per cent 
excess concentrated sulfuric acid at 450°F for four hours. 
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Over 99 per cent of the rare earth sulfates were dissolved 
from the sulfated cake with cold water. The addition of 
oxalic acid to the leach liquor precipitated the rare earth 
oxalates. Ignition of the rare earth oxalates at 800°C 
produced the rare earth oxides. 
Graham also reported that the sulfates, other than 
the rare earth sulfates, were converted to a water insol­
uble form by heating the sulfated material to 1200°F. The 
rare earth sulfates were dissolved from the ignited cake 
with cold water and were quantitatively precipitated from 
the solution as the rare earth hydroxides by the addition 
of sodium hydroxide. Ignition of the rare earth hydroxides 
at 800°0 produced the rare earth oxides. The rare earth 
oxidesj other than cerium, were dissolved in concentrated 
hydrochloric acid which yielded a rare earth chloride 
solution, nearly free of cerium, suitable for separation 
of the individual rare earths by ion exchange. 
A. F. Buse of the Bureau of Mines reported that the 
rare earths in bastnasite ore were converted to the rare 
earth sulfates by digestion of the ore in boiling concen­
trated sulfuric acid for at least six hours. The optimum 
acid to ore weight ratio was found to be about 1.80. The 
rare earth sulfates were dissolved from the reaction mass 
by two six-hour water leaches. The rare earths in the 
14 
leach liquor were precipitated as the hydroxides by the 
addition of ammonium hydroxide or sodium hydroxide. Ig­
nition of the rare earth hydroxides at 800°G produced the 
rare earth oxides. Over 90 per cent of the rare earths 
in the ore could be recovered as the oxides by the use of 
the process described by Buse.. 
Rare Earth Purification Methods 
The rare earths and many other impurities are dis­
solved during leaching of bastnasite ore with a mineral 
acid. Calcium Is the major soluble impurity in California 
bastnasite ore although some iron and aluminum is dis­
solved. Due to the similarity in chemical properties of 
the calcium and the rare earths, the complete separation 
of the rare earths from all of the impurities is difficult. 
Five possible methods of separating the rare earths from 
the Impurities are discussed below. 
Oxalate method 
Oxalic acid will quantitatively precipitate the com­
bined rare earths from an acid solution having a pH of 
1 to 3 (20). The separation of the mixed rare earths from 
iron, aluminum and magnesium is achieved. Calcium oxalate 
is moderately soluble in acid solutions (20). Since the 
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leaching of California "bastnasite ore with a mineral acid 
generally results in a solution which is nearly saturated 
in calcium, some of the calcium would probably be copre­
cipitated with the rare earths * Due to the inability of 
this method to separate the calcium from the combined rare 
earths, the oxalate method would be inadequate. 
Fluoride method 
Hydrofluoric acid will quantitatively precipitate the 
rare earths from an acid solution (20). Titanium, zir­
conium, iron, and aluminum are not precipitated as the 
fluorides, however, calcium Is readily precipitated as the 
fluoride. Since the fluoride method will not separate the 
calcium from the combined rare earths, this method would 
be inadequate. 
Hydroxide method 
Ammonium hydroxide or sodium hydroxide will precipitate 
the rare earths from an acid solution (14). The pH required 
to precipitate the rare earths varies from a low of 2.65 
for eerie sulfate to a high of 8.03 for lanthanum chlo­
ride (4). Titanium, Iron and aluminum are precipitated 
at the pH required for the complete precipitation of the 
rare earths while calcium is not precipitated in the pres­
ence of the ammonium ion. This method would be inadequate 
since separation of the combined rare earths from iron and 
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aluminum is not achieved. 
Potassium ferrocyanide method 
The addition of a solution of potassium ferrocyanide 
to an acid solution containing the rare earths, will pre­
cipitate the rare earth ferrocyanides (25)• Impurities 
such as iron and aluminum are not precipitated, however, 
calcium is precipitated as calcium ferrocyanide. Since 
the ferrocyanide method will not separate the combined rare 
earths from the calcium, it is not a satisfactory method 
of separating the combined rare earths from all impuri­
ties found in the bastnasite ore. 
Solvent extraction 
Solvent extraction is another possible method of 
separating the combined rare earths from the soluble im­
purities in bastnasite ore. A fairly large combined rare 
earth distribution coefficient can be obtained by using 
an aqueous solution of the mixed rare earth nitrates and 
an organic solvent of tributyl phosphate (TBP) (3). The 
distribution coefficient is defined as the equilibrium 
ratio of the concentration of a solute in the organic 
phase to the solute concentration in the aqueous phase. 
Salting agents such as calcium nitrate, aluminum nitrate 
and ferric nitrate in the solution greatly increase the 
distribution coefficient of the combined rare earth 
17 
nitrates (9)• Minor amounts of the salting agents may be 
transferred from the aqueous phase to the TBP. However, 
these impurities can possibly be removed from the TBP by 
adjustment of the operating conditions used in the ex­
tractor. 
The major advantages of solvent extraction are that 
a chemical reaction is not required to remove the combined 
rare earths from an aqueous solution, the operation can 
be controlled so that separation of the combined rare 
earths from all impurities can be achieved and chemical 
costs are negligible since the solvent can be reused. 
Separation of the Individual Rare Earths 
For many years the principal method of separating the 
individual rare earths was by a long series of fractional 
crystallizations. Recently, ion exchange methods have 
been developed for the separation of the individual rare 
earths. 
In 1953, Bochinski, et al. (3), showed that the in­
dividual rare earth nitrates could be separated from each 
other by solvent extraction. Bochinski employed an aqueous 
feed solution of the mixed rare earth nitrates and TBP as 
the organic solvent. Although the distribution coefficient 
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of the mixed rare earth nitrates was high, the separation 
factors between the individual rare earths were quite 
small. The separation factor is defined as the ratio of 
the distribution coefficients for two different solutes. 
Knapp showed that the separation factors varied with 
the acidity and rare earth concentration of the feed so­
lution (10). The greatest separation factors between two 
adjacent rare earths in the periodic table were obtained 
by using a feed solution containing about 350 grams per 
liter of rare earth nitrates. 
Solvent extraction has the advantage that concentrated 
rare earth nitrate solutions and large flow rates can be 
used. Pilot plant tests performed at the Ames Laboratory 
using 16 and 56 stage mixer-settler extractors gave en­
couraging results (10) (21). The pilot plant tests did 
not supply enough data so that one could compare the ad­
vantages and disadvantages of solvent extraction and ion 
exchange. However, it seems likely that eventually the 
separation cf the rare earths will be performed by solvent 
extraction or a combination of solvent extraction and ion 
exchange. 
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EXPERIMENTAL RESULTS 
The purpose of this research project v,ras to develop 
an economical method of obtaining a pure rare earth nitrate 
mixture from California bastnasite ore. Several possible 
methods of processing the ore were considered, however, 
only three of the proposed methods seemed feasible. The 
process outlined in Figure 1 involves the leaching of the 
calcined ore with nitric acid. Two alternate methods, A 
and B, for treating the leach slurry are shown in Figure 1. 
Basically, methods A and B are the same, except that in 
method B the solvent extraction operation is performed 
after the filtration operation rather than before the 
filtration operation as in the case of method A. 
The process shown in Figure 2 involves the digestion 
of a bastnasite flotation concentrate with sulfuric acid. 
The third proposed process shown in Figure 3 involves a 
hydrochloric acid leach of the calcined ore. 
The nitric acid processes seemed to be the most direct 
methods of obtaining the rare earth nitrate mixture from 
the ore. The proposed processes outlined in Figures 2 
and 3 not only require additional processing steps, but 
also require a greater variety of raw materials. Because 
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CRUSHED ORE 
HNO 
METHOD B METHOD A 
RESIDUE RARE EARTHS 
ARE EARTHS RESIDUE 
H0SQ 
HNO HNO 
SOLVENT 
EXTRACTION 
NITRIC ACID 
RECOVERY 
FILTRATION 
NITRIC ACID 
RECOVERY 
CALCINATION 
NITRIC 
ACID LEACH 
FILTRATION 
EXTRACTION 
SLURRY 
Figure 1. Proposed method of processing bastnasite ore 
using a nitric acid leach 
Figure 2. Proposed method of processing the bastnasite: 
flotation concentrate using a sulfuric acid 
leach 
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Figure 3« Proposed method of processing bastnasite ore 
using a hydrochloric acid leach 
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of the very favorable results obtained while investigating; 
the nitric acid process, the sulfuric acid and hydrochloric 
acid processes were not investigated. The sulfuric acid 
process does not appear competitive with the nitric acid 
process because of the high rare earth losses, greater than 
25 per cent, encountered during the flotation operation. 
The major disadvantages of the hydrochloric acid process 
are the large number of processing steps and the large 
variety of chemicals required to obtain the rare earth 
nitrate mixture. 
The discussion of the nitric acid process is divided 
into the following sections: calcination of the ore; 
leaching of the ore; filtration studies; solvent extraction; 
i 
and nitric acid recovery. 
Calcination of the Ore 
The reaction of many inorganic carbonate compounds 
with a mineral acid such as nitric acid will liberate 
carbon dioxide and water. In many cases the evolution of 
carbon dioxide is so rapid that the reaction can not be 
controlled. If the carbonate compound were calcined at 
a sufficiently high temperature before the leaching opera­
tion, the violence of reaction of the calcine with the acid 
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might be reduced. The reduction in violence of reaction 
in the leaching operation is due to the liberation of the 
carbon dioxide during the calcination. A commercial ex­
ample of the calcination operation is the thermal decom­
position of calcite to form calcium oxide in the production 
of cement. Since California bastnasite ore contains from 
35 to 50 per cent calcite and from 5 to 15 per cent bastna­
site, calcination of the ore may be necessary in order to 
reduce the violence of the reaction of the ore with nitric 
acid. 
Several tests were run to determine the time and 
temperature required to thermally decompose the calcite 
and bastnasite in the ore. From 100 to 600 grams of ore 
were placed in a quartz dish or porcelain crucible and then 
the container was placed in a constant temperature muffle 
for a predetermined length of time. The loss in weight 
of the sample due to Ignition was determined by weighing 
the sample before and after the calcination. Weight losses 
of 26 to 30 per cent were obtained by calcination at 900° C' 
for one hour or 800° G. for four hours. The variable weight 
losses resulted from the variability in the composition 
of the ore, not from the variability in the calcination 
operation. When the ore was heated for times longer than 
one hour at 900°C or four hours at 800°C no further weight 
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losses were obtained. Both calcination conditions are 
easily obtained in a rotary kiln, however, calcination for 
four hours at 800° 0. would require a much greater hold up 
in the rotary kiln than would one hour at 900°0. There­
fore, a time of one hour at 900°0 appears to be the best 
calcination condition. 
The friability of the ore seemed to be reduced by the 
calcination even though the particle size was not reduced. 
Also, the violence of reaction during leaching of the cal­
cine with nitric acid was considerably reduced by the 
calcination. If the ore were not calcined, the size of 
the vessel used in the leaching operation would have to 
be increased to handle the large volumes of foam released. 
The experimental tests indicated that the advantage of a 
less violent leaching operation definitely warrants the 
added expense of the calcination. 
Leaching of the Ore 
One of the cheapest methods of processing an oxide 
ore is vat leaching. In vat leaching, the ore is crushed 
and then placed in a large tank filled with a dilute min­
eral acid. After the ore has been leached for several 
days, the leach liquor is drained from the ore and the ore 
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is then washed with water. Both the pregnant leach liquor 
and the wash solutions are processed to recover the val­
uable metal. In the vat leaching of bastnasite ore, the 
ore would be leached for several days with dilute nitric 
acid. The stainless steel vats required for this opera­
tion may be expensive, however, the savings resulting from 
the simplicity of the vat leaching operation may finance 
the increased expense of the equipment. 
Several leaching tests were run to determine whether 
bastnasite ore could be leached with dilute nitric acid. 
In these tests and all subsequent tests no external heat 
was supplied to the reaction. The reaction was very dif­
ficult to control. Even when the violence of the reaction 
was controlled, rare earth recoveries of less than 40 
per cent were obtained when the ore was leached for eight 
to ten days. 
The leaching test using the raw ore and dilute nitric 
acid indicated that calcination would be necessary to 
reduce the violence of reaction. Therefore, the ore was 
calcined as described in the previous section. However, 
even when the calcine was leached with 30 per cent nitric 
acid for eight to ten days, rare earth recoveries of only 
45 to 50 per cent were obtained. 
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The low rare earth recoveries obtained in the leaching 
of the calcine with 30 per cent nitric acid seemed to in­
dicate that the rare earths might be present as a one to 
one combination of rare earth fluorides and rare earth 
oxides. If this were true, the maximum obtainable re­
coveries would be 67 per cent, since the rare earth fluo­
rides are insoluble in dilute nitric acid. 
G. J. Rodden states that the rare earth fluorides 
are soluble in a mixture of concentrated nitric acid and 
boric acid (20). To determine if the boric acid-nitric 
acid mixture would dissolve the rare earth fluorides from 
the calcine, several leaching tests were run. The leaching 
of the calcine with the boric acid-nitric acid mixture 
for eight to ten days indicated that rare earth recoveries 
of over 90 per cent or greater could be obtained. The 
major disadvantage of this method is the cost of concen­
trated nitric acid. However, commercial nitric acid, 57 
per cent, which costs only #0.022 per pound proved to be 
as effective as the concentrated acid (16). 
One method of reducing the costs of the leaching 
operation would be to eliminate the use of the boric acid. -
In the tests designed to determine the minimum boric acid 
to calcine weight ratio, a 57 per cent nitric acid to 
calcine weight ratio of 3«78 and a leaching time of one 
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Hour were used. The results of the tests presented in 
Table 3 indicate that the boric acid was not required. 
Therefore, one might conclude that the calcination oper­
ation converts all of the rare earth fluocarbonates to 
the rare earth oxides. 
Table 3. Effect of boric acid to calcine weight ratio on 
the per cent rare earths recovered 
Boric acid to 
calcine wt ratio 
0.000 
0.004 
0.008 
0.024 
Average rare 
earth recovery 
98.05# 
95.68# 
97.70# 
93.00# 
The leaching of the bastnasite calcine with nitric 
acid liberated large quantities of heat. In fact, the 
temperature of the slurry rose to about 120°0 when the 
calcine was leached with 57 per cent nitric acid. However, 
the temperature of the slurry rose to only 80 to 90°C when 
the calcine was leached with dilute nitric acid. It is 
well known that the speed of many chemical reactions is 
doubled by an increase in temperature of about 10°G. The 
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temperature of 80 to 90°G obtained during the leaching of 
the calcine may be insufficient to dissolve all the rare 
earths. This might explain why the 57 per cent nitric acid 
was more effective in dissolving the rare earths than the 
dilute nitric acid. 
The major.leaching variables besides boric acid 
concentration which were determined in this investiga­
tion will be discussed in the following order: leaching 
time, acid to calcine weight ratio and calcine particle 
size • 
Leaching time 
Present day equipment costs greatly increase most 
operating costs. Therefore, one way to minimize the costs 
of the leaching operation is to minimize the time required 
in the leaching operation. In the tests performed to de­
termine the minimum time of reaction to leach the calcine, 
a nitric acid (57$) to calcine weight ratio of 3.8 and a 
boric acid to calcine weight ratio of 0.024 were used. 
These tests were performed before boric acid was found to 
be unnecessary, however, the leaching times determined in 
these tests were even more satisfactory when no boric, acid 
was present. 
Table 4 gives the results of the tests in which the 
minimum time of leaching was determined. These tests 
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Table 4. Effect of leaching time on the per cent rare 
earths recovered 
Time of leaching Average rare earth 
(hours) extraction 
& 87.5% 
1 93.0% 
2 94.2% 
indicated that a leaching time of one hour would liberate 
about 93 per cent of the rare earths. The percentage of 
rare earths recovered was not appreciably affected by 
Increasing the leaching time to two hours or more. How­
ever, when the size of the leaching operation was increased, 
rare earth recoveries of greater than 97 per cent were 
obtained using a leaching time of only one hour. 
Acid to calcine weight ratio 
Probably the most expensive part of the leaching 
operation is the cost of nitric acid consumed during the 
leaching of the calcine. The quantity of nitric acid 
consumed in the processing of the calcine depends on the 
rare earth content of the calcine and the efficiency of 
the nitric acid recovery operation. The quantity of nitric 
acid consumed by the rare earths cannot be reduced, but 
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the amount of nitric acid lost in the nitric acid recovery 
operation can be minimized by proper control of the oper­
ation. A reduction in the acid to calcine weight ratio 
may also decrease the quantity of nitric acid lost in the 
nitric acid recovery operation. 
Although the nitric acid consumption is mainly depen­
dent on the rare earth content of the calcine and the 
efficiency of the nitric acid recovery operation, there 
is a minimum nitric acid to calcine weight ratio which 
will yield the highest rare earth recoveries. A leaching 
time of one hour was used in these tests. The data sum­
marized in Table 5 indicate that a nitric acid to calcine 
weight ratio of 2.2 would yield rare earth recoveries of 
over 99 per cent. 
Table 5. Effect of nitric acid to calcine weight ratio 
on the per cent of rare earths recovered 
HÎÎO3 (57%) to Approximate per cent 
calcine wt ratio of rare earths recovered 
82 
100 
100 
1.84 
2.21 
2.59 
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One must not be led astray by the data presented in 
Table 5» The minimum nitric acid to calcine weight ratio 
required to leach the calcine may not be the optimum nitric 
acid to calcine weight ratio for the overall process. The 
efficiency of the filter operation and solvent extraction 
operation could be a function of the acid to calcine weight 
ratio, therefore, the final choice for the nitric acid to 
calcine weight ratio will be discussed later in this dis­
sertation. 
Calcine -partiele size 
It is well known that most grinding operations are 
expensive, therefore, the less grinding required, the lower 
the grinding costs. The minimum grinding coats would be 
obtained by elimination of all grinding operations. How­
ever, there is a maximum particle size which can be sat­
isfactorily processed by a given operation. 
In most ore dressing operations, at least two stages 
of crushing are required to reduce the ore particle size 
from 15-inehes to minus 1-inch or less. An agitated leach­
ing operation can not satisfactorily handle particles as 
large as 1-inch. Therefore, some grinding of the calcine 
will be required. A primary ball or rod mill would be the 
most logical piece of equipment to reduce minus 1-inch 
particles to minus 10-mesh or finer. If further size 
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reductions are necessary, secondary and tertiary grinding 
may be required. 
Several experiments were performed to determine the 
particle size of the calcine required to obtain the greatest 
rare earth recoveries. In these tests, a leaching time of 
one hour and a nitric acid (57%) to calcine weight ratio 
of 2.2 or greater was used. The results of the tests to 
determine particle size are presented in Table 6. 
Table 6. Effect of particle size on the per cent of 
the rare earths recovered 
Particle Acid to calcine Average per cent of 
size weight ratio rare earths recovered 
-60 mesh 2.80 100 
-20 +60 mesh 2.70 98 
-10 +20 mesh 2.80 100 
-4 +10 mesh 2.80 100 
Table 6 indicates that the size of the calcine par­
ticles had very little effect on the percentage of the 
rare earths recovered. For economical reasons, the use 
of minus 10-mesh particles was considered most satisfactory 
since size reductions to less than minus 10-mesh are not 
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required and to eliminate a crushing operation a particle 
size of about 1-inch must be handled in the leaching oper­
ation. Furthermore, minus 10-mesh material is typical of 
the discharge of a primary rod or ball mill. 
The optimum leaching conditions as determined during 
this research project were found to be the following: 
Particle size 
Leaching time 
Boric acid to calcine 
weight ratio 
Nitric acid to calcine 
weight ratio 
minus 10-mesh 
one hour after addition 
of all the calcine 
0.0 
presented later in 
this dissertation 
Nitric acid strength commercial grade, 57 
ner cent 
Filtration Studies 
The filtration operations are the most expensive 
individual unit operations in many metallurgical processes. 
In order to minimize processing costs, one must determine 
the conditions necessary for minimum filtration expense. 
The major expenses encountered in a filtration operation 
are the cost of labor and the cost of filtration equip­
ment. 
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It is difficult to predict accurately the filter area 
required in a commercial plant from a small-scale labor­
atory filtration test. However, several standard filter 
tests have been devised from which one c*an semi-quantita-
tively predict the filtration conditions in a large plant. 
Badger and Banehero, Dickey and Bryden, and Perry describe 
some of the standard methods of performing laboratory 
filter tests (2) (8) (18). 
In the filter tests performed for this research pro­
ject, the time required to collect a constant incremental 
volume of filtrate was measured. Although the vacuum 
across the filter leaf varied slightly, an average vacuum 
was used in all filtration calculations. The constants 
Cv and Vc given in Equations 1 and 2 can be calculated 
from the data collected during the filtration tests. Equa 
tions 1, 2 and 3 were obtained from Brown (5)• 
(1). qv = slone x^ A2 xAv 
(2). Vc = intercept x A2 x 4P 
(3). A2 = Cy(V2+ 2V x Vc) 
(t) (-Ap) 
The symbols used in Equations 1, 2 and 3 are defined 
as follows i 
t = time of the filtration (sec) 
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At, = incremental change in time (sec) 
V * total volume of filtrate collected (cm3) 
AV = incremental volume of filtrate collected (cm3) 
p = pressure (lb/ft2) 
/^ p - drop in pressure across filter cake and filter 
cloth (Ib/ft2) 
A = effective filter area (ft2) 
Gv = filtration constant (lb-sec-ft2/cm^ ) 
Vc = resistance of the filter cloth, expressed as an 
equivalent volume of filtrate (cm3) 
To obtain the values of the filtration constants C.-y 
and Vc, a plot of At/AV versus V was prepared by taking the 
difference of both V and t, dividing the t difference by 
the V difference and plotting the quotient as the height 
and the AV value as the base of a rectangle.. A straight 
line was drawn through the tops of these rectangles in 
such a manner that the areas of the triangles above the 
line were equal to the areas below the line. The slope 
and At/AV intercept of this line were obtained by statis­
tical analysis using the method of least squares. Figure 4 
is a typical plot of At/AV versus V. The experimental 
values used in preparing Figure 4 are presented in Table 7• 
The calculated values of Vc, C.v, slope of the line, and 
At/AV" intercept of the line are also presented in Figure 4. 
The filter test equipment consisted of a filter leaf 
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Figure 4. Characteristic plot of the data col­
lected during a filtration test 
40 
Table ?. Data collected during the filtration test using 
an acid to calcine weight ratio of 2.96 
Time Vol at AV At/AV Vac. 
min & sec cm3 sec cup sec/em3 in., Hg 
36 50 0.72 
0 ' 36 " 50 
52 50 1.04 
8.5 
1'28" 100 
74 50 1.48 
8.5 
2 '42" 150 
96 50 1.92 
8.5 
4 ' 18 " 200 
122 50 2.44 
8.5 
6'20" 250 
162 50 3.24 
8.5 
9 '02" 300 
176 50 3.52 
8.5 
11' 58" 350 
206 50 4.12 
8.5 
15'24" 400 9.0 
240 50 4.80 
19'24" 450 
276 50 5.52 
9.0 
24'00" 500 
296 50 5.92 
9.0 
28'56" 550 
319 50 6.38 
9.5 
34"15" 600 10.0 
having an effective filter area of 0.1 square foot and a 
sealed Vycor cylinder, graduated in 10 ml increments, 
having outlets leading to the water aspirator and filter 
leaf. A vacuum gage was attached to the vacuum lines con­
necting the cylinder, filter leaf and water aspirator. 
Eimco Filter Media Number Dy-452 (Dynel) having a weight 
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of 14.75 ounces per square yard was used in these filter 
tests. The air flow rate of the filter cloth was listed 
at 6.97 cubic feet per minute per square foot. This filter 
cloth resisted the attack of concentrated nitric acid and 
was capable of retaining particles as fine as 200 mesh. 
A large batch of calcined ore was mixed so that a 
standard lot of material could be used in the filtration 
tests. In the filtration tests the calcine was reacted 
for one hour with 1700 ml of 57 per cent nitric acid. The 
quantity of calcine varied from 745 grams to 975 grams. 
The reaction vessel was not large enough to process 1700 ml 
of acid and the calcine. Therefore, two equal batches of 
slurry were prepared. After the reactions had been com­
pleted, the two slurries were mixed and when the temperature 
of the combined slurries dropped to 45°G the filtration 
tests were started. In the tests the time required to 
collect 50 ml increments of filtrate was measured. After 
500 to 600 ml of filtrate had been collected, the filtra­
tion test was stopped. 
The quantity of calcine reacted was varied so that 
the acid to calcine weight ratio that yielded the smallest 
Cv could be determined. The results of the filtration 
tests presented in Table 8 indicate that the smaller the 
acid to calcine weight ratio, the greater was the value 
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Table 8. Results of the filtration tests 
Acid to 
ore ratio 
Slope 
sec/cm° 
Intercept 
.sec/cm3 
Cv x: 102 
ft2-lb-sec/cm° 
Vc 
cm-' 
2.35 0.02730 1.130 9.90 41.4 
2.71 0.00976 0.600 4.50 61.8 
2.71 0.00758 0.350 4.25 46.2 
2.71 0.00772 0.340 3.71 44.0 
2.71 (avg) 4.15 50.7 
2.9b 0.00373 0.098 2.51 26.2 
2.96 0.00570 0.267 4.23 46.8 
2.96 0.01080 0.186 3.30 17.2 
2.96 0.00518 0.341 2.99 65.8 
2.96 (avg) 3.26 39.0 
3.11 0.00600 0.259 4.46 43.1 
of Cv. However, there is an acid to calcine weight ratio 
at which a minimum filter area is required per unit of 
ore treated. The minimum in the required filtration area 
is due to the fact that increasing the acid to calcine 
weight ratio increases the volume of the slurry which must 
be filtered. 
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Many properties of the slurry such as viscosity of 
the clear leach liquor and size of the reacted calcine 
particles influenced the filterability of the slurries. 
For all acid to calcine weight ratios tested in this re­
search project, the slurries were quite viscous because 
of the high calcium nitrate content of the solution. In 
fact, when acid to calcine weight ratios of 2.71 and less 
were used, the slurries were supersaturated with calcium 
nitrate. When the temperature of the slurry dropped below 
40°C during the filtration tests, crystals of calcium 
nitrate began to crystallize. The crystallization of the 
calcium nitrate greatly reduced the filterability of the 
slurries. 
Because of the calcium nitrate precipitation and the 
high Gy's obtained when the calcine was leached using an 
acid to calcine weight ratio of 2.71 and less, an acid to 
calcine weight ratio of 2.96 was considered optimum. Only 
one filter test was performed using an acid to calcine 
ratio of 3.11 or greater since the increased volume of 
slurry per unit of ore processed would require a consider­
able reduction in the Cv in order to appreciably reduce 
the filter area required. As shown in Table 8, Cy was not 
reduced when the acid to calcine weight ratio was increased 
to 3.11. 
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Another variable which influenced the filter char­
acteristics of the slurries was the tetravalent cerium 
concentration. It seemed that the greater the tetravalent 
cerium concentration, the greater was the Cv of the slurry. 
Therefore, several tests were performed in an effort to 
reduce the tetravalent cerium concentration. The addition 
of hydrogen peroxide, powdered iron, or magnesium to the 
slurry reduced the tetravalent cerium concentration. How­
ever, the cost of these reagents was not offset by the 
resulting reduction in filtration costs. Therefore, no 
further efforts were made to reduce the tetravalent cerium 
concentration of the slurry. 
The washing of the filter cake is another important 
part of the filtration operations. The extent to which 
the filter cake is washed depends on the value of the prod­
uct which can be recovered by the washing operation. 
Generally, the cost of washing the filter cake is easily 
offset by the value of the material recovered in the wash­
ing operation. 
When the bastnasite calcine was leached using a nitric 
acid to calcine weight ratio of 3.00 or less, a super­
saturated solution of calcium nitrate was obtained. When 
the solution cooled to room temperature, some of the cal­
cium nitrate was precipitated. Also, some of the rare 
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earths was coprecipitated with the calcium. The precipi­
tation of the calcium and the rare earths can be prevented 
by either diluting the leach liquor with water or heating 
the leach liquor to 40° O or higher. 
It would be much more costly to maintain the leach 
liquor at 40°G: or higher than it would be to dilute the 
leach liquor. Therefore, efforts were made to determine 
the volume of water required to dissolve all of the calcium 
nitrate produced during the leaching operation. The re­
sults of these tests are presented in Table 9. The tests 
indicated that the volume of water required to dissolve 
all the calcium nitrate varied somewhat, but by adding 
water equivalent to 35 to 40 per cent of the volume of 
the leach liquor, the majority of the calcium nitrate can 
be kept in the solution. 
It is very difficult to predict from the laboratory 
tests the actual washing conditions required in a commer­
cial filtration operation. Therefore, no efforts were made 
to determine the volume of water required to wash the 
filter cake. However, during the bench scale tests, rare 
earth recoveries of over 99 per cent were obtained when 
the filter cake was washed with a volume of water equiva­
lent to about 25 per cent of the volume of leach liquor. 
Therefore, it would seem that the amount of water required 
46 
Table 9• Determination of the volume of water required 
to dissolve all of the calcium nitrate produced 
during the leaching of bastnasite calcine 
Acid to calcine Final HNO-j Per cent dilution 
weight ratio normality required to dissolve 
all the Ga(E05)2a 
3.00 3.46 35.9 
3.00 2.46 37.1 
3.00 NDb 45.0C 
&Based on the volume of leach liquor produced during 
the leaching operation. 
N^ot determined. 
oDuring the leaching operation some water and nitric 
acid was lost. 
to dissolve all of the calcium nitrate would be a good 
measure of the amount of water required to satisfactorily 
wash the filter cake. 
Solvent Extraction 
The discussion of the rare earth recovery methods 
already presented in this dissertation indicated that 
solvent extraction should be the cheapest as well as sim­
plest method of removing the combined rare earths from 
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the leach liquor. Knapp (9) indicated that the distribu­
tion coefficient of the combined rare earths was greatly 
increased by the presence of salting agents such as calcium 
and ferric nitrates. Since California bastnasite ore 
contains at least twice as much soluble calcium as rare 
earths, the distribution coefficient of the combined rare 
earths should be very favorable. 
The first step in attempting to adapt solvent extrac­
tion to any process is to determine the distribution curve 
for the various components. The distribution curves for 
the combined rare earth nitrates were obtained by three 
to six successive cocurrent contacts of the aqueous feed 
solution with preequilibrated TBP. A typical leach liquor 
containing about 50 gpl rare earth oxides, 100 gpl calcium 
oxide and 160 gpl of nitric acid was used in preparing the 
distribution curves. The TBP used in these "tests was 
preequilibrated with nitric acid of varying strengths so 
that a series of distribution curves could be obtained. 
By analyzing the outgoing streams from each cocurrent 
contact, the equilibrium points of the distribution curve 
could be obtained. The distribution curves as determined 
by this method are shown in Figure 5» 
The curves indicate that in most cases the distri­
bution coefficient of the combined rare earths varies 
Figure 5. Total rare earth oxide distribution curves 
N.designates the original normality of the HNCy in 
the TBP. Since the TBP is not in equilibrium with the 
feed solution, the normality of HNO-^  in the various TBP 
products will vary. 
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inversely as the nitric acid concentration. In determining 
the rare earth distribution curves, it was noticed that 
some calcium was transferred to the TBP. However, when 
the nitric acid concentration was greater than 1.26 normal, 
no calcium was found in the TBP. 
In order to determine the amount of calcium transferred 
to the TBP, the distribution curve for the calcium nitrate 
solution-TBP system was determined. Two calcium nitrate 
distribution curves were prepared, one was obtained by 
using a calcium nitrate feed solution containing no nitric 
acid, while the other was obtained by using a calcium 
nitrate feed solution containing 100 grams per liter of 
nitric acid. The calcium distribution curves that are 
shown in Figure 6 indicate that the distribution coeffi­
cient of calcium nitrate varies inversely as the nitric 
acid concentration. The effect of the combined rare earth 
nitrates on the calcium nitrate distribution curves will 
be presented later in this report. 
In most cases it is more advantageous to use contin­
uous countercurrent extractors than it is to use cocurrent 
extractors since the quantity of solvent required in the 
continuous counter extractor is generally less than the 
quantity of solvent required in the cocurrent extractor. 
In order to predict the theoretical number of extract 
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Figure 6* Calcium oxide distribution curves 
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stages and aqueous to organic flowrate (H/L) required in 
a countercurrent extractor, the distribution curves pre­
sented in Figure 5 must be extrapolated to the rare earth 
concentration of the aqueous feed solution. The calcula­
tions using the extrapolated distribution curves indicated 
that over 98 per cent of the rare earths could be recovered 
in the TBP product by using a H/L ratio of one and four 
extract stages. 
To determine the effectiveness of the countercurrent 
extractions, a simulated column run was made. In this run 
four extract stages, one feed stage, one scrub stage, 
200 ml of leach liquor, 50 ml of scrub solution and 250 ml 
of TBP were used. After ten cycles of the simulated 
column run had been completed, the various streams were 
analyzed for both rare earths and calcium. The rare earth 
distribution curve obtained in this run did not duplicate 
the curve obtained by the using cocurrent extractions. 
In fact, in some of the extract stages the rare earth 
concentration in the aqueous phase increased to about 75 
grams per liter. Also, the extraction was less than 35 
per cent effective in removing the rare earths from the 
aqueous feed. 
Several attempts were made to improve the efficiency 
of the countercurrent extraction. However, varying the 
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number of extract stages, H/L ratio, acid concentration in 
the TBP, and amount of scrub solution had very little ef­
fect on the extraction efficiency. Varying the operating 
conditions only seemed to effect the distribution curve 
and in no instance was the extraction efficiency greater 
than 50 per cent. 
The use of cocurrent extractions was a method of 
overcoming the difficulties encountered in the counter-
current extraction operation. Figure 5 indicated that the 
rare earths could be removed from the leach liquor by 
cocurrent extractions. However, the amount of calcium 
transferred to the TBP, as well as the quantity of TBP 
required to recover 98 per cent of the rare earths might 
limit the use of cocurrent extractions. 
The effectiveness of the cocurrent extractions was 
determined by making several runs using H/L ratios of 1, 
2 and 3. In all instances the TBP contained no nitric 
acid since Figure 5 indicated that the steepest distri­
bution curves were obtained by using TBP which was free 
of nitric acid. The rare earth distribution curves ob­
tained in the cocurrent runs are shown in Figure 7- The 
variability in the slope of the distribution curves pro­
bably can be attributed to the difference in extractability 
of the tetravalent cerium, nitric acid, and the remainder 
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of the rare earths. The T3P from these runs was also 
analyzed for calcium content. In Figure 8 the amount of 
calcium in the organic phase is plotted as a function of 
the rare earth concentration in the aqueous phase. These 
curves indicate that the calcium distribution curves are 
depressed by the presence of the rare earths. 
Calculations using the rare earth distribution curves 
shown in Figure 7 indicate that the best cocurrent extrac­
tion conditions can be obtained by using a H/L ratio of 
two and using four extract stages. However, in order for 
the cocurrent extractions to be applicable to this process, 
the calcium and the combined rare earths must be separated 
in the solvent extraction operation. By increasing the 
nitric acid concentration In the TBP or the feed solution, 
the transfer of calcium to the TBP can be prevented. How­
ever, further efforts were made to find a method of re­
moving the calcium from the contaminated TBP. 
The low distribution coefficient of the calcium 
suggested that by scrubbing the TBP containing both calcium 
and rare earths with water the calcium may be preferen­
tially extracted. The scrubbing operation proved to be 
effective. In fact, practically all of the calcium was 
scrubbed from the TBP by two cocurrent contacts of the 
TBP with water. The volume of each water contact was 
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Figure 8. The effect of the total rare earth concentration 
in the aqueous phase on the amount of calcium 
oxide transferred to the TBP 
Figure 9. Schematic diagram of the proposed solvent 
extraction operation 
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equal to 6.7 per cent of the total volume of the TBP. 
However, large quantities of the rare earths were also 
removed by the scrub solutions. Therefore, the scrub 
solutions must be processed to recover the rare earths. 
A proposed method for recovering the rare earths in 
the scrub solutions is schematically described in Figure 9. 
A simulated run using the proposed process was performed 
in which four cycles of the operation were run before the 
various streams were sampled and analyzed. The results 
of this run, as shown in Table 10, indicated that recycling 
of the scrub solution had very little effect on the rare 
earth distribution curve and that a TBP product could be 
obtained which was virtually free of calcium. 
Nitric Acid Recovery 
The nitric acid recovery operation is a very important 
part of the process developed for the production of mixed 
rare earth nitrates from bastnasite ore. The recovery 
operation not only determines the amount of sulfuric acid 
required in the process, but also determines the amount 
of the nitric acid lost during the processing of the ore. 
The nitric acid operation involves a chemical reaction 
between calcium nitrate and sulfuric acid which produces 
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Table 10. Analysis of the outgoing streams of the fifth 
cycle of the recycle operation 
Stage Volume 
in out 
Analysis of 
gpl RE2O3 
exit streams 
gpl CaO 
Extract 1 
Aqueous 948a 910 30.38 82.64 
Organic 474 535 32.21 1.39 
Extract 2 
Aqueous 910 888 17.14 80.40 
Organic- 455 485 24.41 2.77 
Extract 3 
Aqueous- 888 870 4.42 83.44 
Organic. 444 460 22.74 6.58 
Extract 4 
Aqueous 870 860 0.00 74.10 
Organic. 435 440 8.24 13.76 
Scrub 1 
Aqueous 129 129 29.40 63.22 
Scrub 2 
Aqueous 129 127 46.60 19.18 
Organic 1920 1920 18.09 0.00 
aThe feed to stage one of the extraction section 
consisted of scrub solutions 1 and 2 and 700 mis of fresh 
feed, see Figure 9. The fresh feed contained 49.00 gpl 
REgO^  and 93.36 gpl CaO and had an acid normality of 3.46. 
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calcium sulfate and nitric acid. The reaction slurry is 
filtered and the resulting filtrate is processed by an 
extractive distillation operation where a 57 per cent 
nitric acid solution is produced. 
Nitric acid is purified on a commercial scale by 
extractive distillation using sulfuric acid (19). The 
details of the distillation operation have been thoroughly 
investigated by commercial producers of nitric acid. There­
fore, the sulfuric acid to raffinate volume ratio required 
to liberate the nitric acid was the only phase of the 
nitric acid recovery operation which was thoroughly in­
vestigated. 
To determine the sulfuric acid to raffinate volume 
ratio required to liberate the nitric acid, varying amounts 
of 96 per cent sulfuric acid were added to a solution 
composed of 100 ml of raffinate and 100 ml of water. The 
resulting calcium sulfate slurry was filtered and the 
filter cake was washed with two 50-ml batches of distilled 
water. The nitric acid in the filtrate was separated from 
the excess sulfuric acid and other impurities by distil­
lation. The results of these tests are presented in 
Table 11. 
Table 11 indicates that a 96 per cent sulfuric acid 
to raffinate volume ratio of 0.15 is required to liberate 
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Table 11. Effect of the sulfuric acid to raffinate volume 
ratio on the amount of nitric acid recovered 
Acid to raffinate 
volume ratio 
0.09 
0.12 
0.15 
0.18 
% nitric acid 
recovery 
67.5 
87.3 
100.0 
101.0 
all of the nitric acid. However, if the composition of 
the raffinate varies appreciably, the acid to raffinate 
volume ratio of 0.18 might prove to be more satisfactory. 
Therefore, a ratio of 0.18 was considered optimum. 
If the feed to the distillation tower contains less 
than 57 per cent nitric acid, the excess water must be 
removed in the distillation operation. The optimum dis­
tillation conditions would require that a minimum amount 
of water be in the distillation feed. Therefore, to 
minimize the amount of water in the feed to the distil­
lation tower, the raffinate should not be diluted. How­
ever, some dilution might be necessary so that the amount 
of nitric acid entrapped by the calcium sulfate precipitate 
might be minimized. 
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The amount of water required to dilute the raffinate 
was determined by adding 18 ml of sulfuric acid to a solu­
tion containing 100 ml of the raffinate and various quanti­
ties of water. The results of these tests are shown in 
Table 12. 
Table 12. Effect of per cent dilution of the raffinate 
on the per cent of the nitric acid recovered 
Per cent Per cent 
dilution nitric acid 
recovered 
0 95.6 
25 94.0 
50 95.4 
75 97.1 
100 97.6 
The amount of nitric acid recovered varied slightly 
with the per cent dilution. However, the increased amount 
of nitric acid recovered by a 75 per cent dilution probably 
would not warrant the increased volume of solution proc­
essed. Therefore, the optimum1 operating condition would 
indicate that no water should be added to the raffinate. 
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The amount of water required to wash the calcium 
sulfate is another variable in the nitric acid recovery 
operation. However, it is difficult to predict the ef­
ficiency of a commercial washing operation from small 
scale tests. Therefore, no efforts were made to determine 
the optimum washing conditions. However, two water washes 
each equal to 20 per cent of the volume of raffinate 
satisfactorily washed the precipitate. 
A 250-ml sample of the raffinate was processed in a 
manner as determined in the individual tests. Over 92 
per cent of the nitric acid in the raffinate was recovered 
in this operation. Undoubtedly, greater nitric acid re­
coveries can be obtained, however, the optimum conditions 
could be more easily determined in a pilot plant operation. 
Therefore, no further efforts were made to improve the 
nitric acid recovery operation. 
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BENCH SCALE INVESTIGATIONS 
A bench scale investigation of the process outlined 
in Figure 10 was undertaken. About 7200 grams of raw ore 
were processed in each bench scale test. By increasing 
the size of the operations from about 500 grams to 7200 
grams, the processing steps could be more easily studied. 
The results of the bench scale tests provided enough in­
formation so that a more reliable cost estimate and material 
balance could be prepared. The bench scale tests also 
indicated where any difficulties might arise in the scaling 
up of the process. 
All steps of the process were performed in batch 
operations. The processing steps up to and including the 
filtration of the leach liquor processed the entire 7200 
grams of raw ore. However, only a fraction of the leach 
liquor produced during the leaching of the 7200 grams of 
raw ore was used in the solvent extraction and nitric acid 
recovery operations. 
Equipment 
The reactor was the only piece of equipment which had 
to be built for the bench scale tests. The reactor was 
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mixture 
for the preparation of a rare earth nitrate 
from California bastnasite ore 
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made from a 20-liter Pyrex carboy. A hopper equipped with 
a variable speed screw feeder fed the ore into the reactor. 
The slurry in the reactor was agitated with a stainless 
steel paddle which was rotated by a variable speed motor. 
A water cooled condenser was attached to the top of the 
reactor where the nitric acid and water evolved during the 
reaction was condensed. 
The. reactor was equipped with three entry ports. One 
entry port was used for feeding the calcine, one was used as 
an entry for the mixer and the third port led to the con­
denser. All possible precautions were taken to prevent any 
nitric acid losses due to vaporization. Therefore, all 
three of the ports were sealed as effectively as possible. 
However, small amounts of nitric acid and steam escaped 
through the port where the mixer entered the reactor. A 
schematic diagram of the reactor and auxiliary equipment 
is shown in Figure 11. 
All other steps in the process were performed in 
equipment found in many chemical laboratories. Quartz 
dishes placed in a constant temperature muffle were used 
to calcine the ore. The leach slurry was filtered in two 
4000-ml Buchner filter flasks and the solvent extraction 
operation was performed in two 2000-ml separatory flasks. 
A 500-ml laboratory distillation flask was used to recover 
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the nitric acid from the raffinate. 
Details of the Bench Scale Investigation 
Approximately 7200 grams of raw ore were thoroughly 
mixed and sampled before it was calcined. After the calcine 
had cooled, it was crushed to pass a 10-mesh screen, re­
mixed and sampled. Five kilograms of the calcine were 
slowly fed to 11 liters of about 12 normal nitric acid. 
The slurry was thoroughly agitated throughout the leaching 
operation. Originally, it was planned to feed the calcine 
at a rate of 5000 grams per hours. However, the reaction 
of the calcine with the nitric acid was so violent that 
excessive amounts of steam and nitric acid were produced. 
The size of the nitric acid condenser was too small to 
condense all the nitric acid and water vapors. Therefore, 
in order to minimize the loss of nitric acid the rate at 
which the calcine was fed was reduced. In all the bench 
scale leaching operations about 75 minutes were required 
to feed the 5000 grams of calcine. The reaction slurry 
was agitated for one additional hour after all of the 
calcine had been. fed. 
In the first bench scale run, the slurry was filtered 
immediately after the digestion was complete. However, the 
nitric acid evolved by the hot slurry made the filtration 
70 
operation difficult. Therefore, in the other "bench scale: 
tests,, the slurry was allowed to cool for about two hours 
before it was filtered. The filter cake was washed with 
about 2500 ml water, dried, weighed, thoroughly mixed 
and sampled. 
Any calcium nitrate that was precipitated by allowing 
the leach liquor to set overnight was dissolved by diluting 
the leach liquor with water. A small portion of the leach 
liquor was then used in the solvent extraction operation. 
Two different batches of California bastnasite ore 
were obtained from the Molybdenum Corporation of America. 
The two ores varied slightly in composition, therefore, two 
different bench scale tests were performed. The composi­
tions of the two ores are shown in Table 13. 
The results of the solvent extraction operation using 
the leach liquor from the processing of ore A were described 
in Table 10 and the latter part of the solvent extraction 
section. 
The first attempt at solvent extraction using the 
leach liquor produced during the leaching of ore B, yielded 
a TBP product which contained about 1.3 grams of calcium 
oxide per liter. The results of this solvent extraction 
operation are presented in Table 14. The calcium nitrate 
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Table 13. Composition of the two batches of California 
bastnasite ore 
Component Ore A Ore B 
RE205 9.88# 10.43# 
CaO 20.44# 22.07# 
BaS04 27.11# 25.09# 
Si02 2.17# 1.68# 
in the TBP could be removed from the TBP by increasing 
the amount of scrub solution. Also, the amount of calcium 
transferred to the TBP could be decreased by increasing 
the nitric acid content of the feed solution. 
A second solvent extraction operation using the leach 
liquor resulting from the leaching of ore B was performed. 
In this operation 25 mis of 12 normal nitric acid were 
added to the 500 ml of fresh feed and the recycled scrub 
solution. The use of this additional nitric acid yielded 
a TBP product which was free of calcium. The results of 
this solvent extraction operation are presented in Table 15. 
A fraction of the raffinate from the first solvent 
extraction operation using the leach liquor obtained 
during the leaching of ore B. was processed to recover the 
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Table 14. Results of the first solvent extraction operation 
using the leach liquor obtained during the 
leaching of ore B. 
Stage Volume 
in. out 
Analysis of 
gpl re2o-5 
exit streams 
gpl CaO 
Extract 1 
Aqueous 684a 660 23.92 102.46 
Organic 342 380 40.11 2.17 
Extract 2 
Aqueous 660 645 6.46 99.02 
Organic 330 340 31.68 6.41 
Extract 3 
Aqueous 645 637 0.00 90.80 
Organic 323 330 13.61 16.23 
Extract 4 
Aqueous 637 630 0.00 81.96 
Organic 319 330 0.00 20.61 
Scrub 1 
Aqueous 92 91 11.68 93.10 
Scrub 2 
Aqueous 92 93 31.00 29.22 
Organic 1380 1380 16.40 1.27 
aThe feed to stage one of the extract stage consisted 
of scrub solutions 1 and 2 and 500 mis of fresh feed, see 
Figure 9. The fresh feed contained 53.95 gpl re2o3 and 
107.40 gpl CaO and had an acid normality of 2.464. 
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Table 15. Results of the second solvent extraction oper 
ation using the leach liquor obtained during 
the leaching of ore B: 
Stage Volume 
in out 
Analysis of exit streams 
gpl RE2O3 gpl CaO 
Extract 1 
Aqueous 716a 
Organic. 358 
Extract 2 
Aqueous 690 
Organic 345 
Extract 3 
Aqueous 675 
Organic 338 
Extract 4 
Aqueous 658 
Organic 329 
Scrub 1 
Aqueous 
Scrub 2 
96 
Aqueous 96 
Organic 1430 
Ô90 
400 
675 
360 
658 
340 
655 
330 
93 
96 
1430 
25.74 
32.26 
12.34 
26.51 
2.58 
19.31 
0.00 
4.85 
20.16 
40.12 
17.30 
91.10 
1.23 
91.86 
3.71 
87.5% 
9.00 
79.56 
16.07 
76.46 
28.58 
0.00 
aThe feed to stage one of the extraction section 
consisted of scrub solutions 1 and 2, 25 mis of 12 normal 
nitric acid and 500 mis of fresh feed, see Figure 9. The 
fresh feed contained 53.95 gpl RE0O3 and 107.40 gpl CaO 
and had an acid normality of 2.464. 
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nitric acid consumed by the calcium. The results of this 
recovery operation were discussed in the nitric acid re­
covery section of this dissertation. The raffinate from 
the other solvent extraction operations was not processed 
to recover the nitric acid since the compositions of all 
the raffinates were about the same. 
The various streams, raw materials and products of 
the bench scale tests were analyzed for rare earth, cal­
cium, barium, silica and nitric acid content. Table 16 
presents the analysis of the various streams of the bench 
scale operation using ore A. Table 17 presents the analy­
sis of the various streams of the operation using ore B. 
In Table 17 the results of the first solvent extraction 
operation using the leach liquor B are designated by the 
number (2) while the results of the second solvent extrac­
tion operation are designated by the number (l). 
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Table 16» Composition of the various streams of the bench scale test 
using ore A 
Material Quantity RE0O3 (g) 
CaO 
(g) 
8102 (g) BaSO), (g) HNO3 (g) 
Raw ore 6?k8.0 g 686,3 1379.3 146*4 1829.1 
Calcine 5000,0 g 679.0 1326.0 152,5 1771.0 -
Leached ore 2272.4 g 11.6 24.1 133.6 1857.0 
HNO3 feed 11.0 L ** — - 8253.6 
Leach liquor 14.0 L 686*0 1307.0 - 3053.4 
TBP product 38.2 L 691.0 •* ## M NDa 
Raffinate 17.2 L - 1268.9 w* — ND 
aNot determined# 
Table 17» Composition of the various streams of the bench scale test 
using ore B 
Material Quantity RE2O3 (g) CaO (g) Si02 (g) BaSO), (g) HNO3 (g) 
Raw ore 70là.2 g 734.4 1554.3 118.3 1767.4 -
Calcine 5000.0 g 733*1 1538,1 91.5 1690.0 « 
Leached ore 1876.0 g - 92.3 1667.0 — 
HNO3 feed 11.0 L - 8299.7 
Leach liquor 14.0 L 755.5 1503.6 2173.2 
HNO3 to solvent 
extraction (1) 0*7 L m 528.8 
Raffinate (2) 17.6 L - 1442.5 - 9-i 126.7 
Raffinate (1) 18.1 L M 1440.0 120.9 
TBP product (2) 38.4 L 716,6 43*0 w 2304,0 
TBP product (1) 40.0 L 699.9 m m 2424.O 
CaSO^  ppt (2) 3190.0 g l488.oa -
HNO3 recycle 6.3 L H mé 4752.0 
E^stimated from the weight of the CaSO^  precipitate* 
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COST ANALYSIS 
From the data and experience obtained during the per­
formance of both the laboratory and bench scale investi­
gations, a commercial plant was conceptually designed to 
produce a pure rare earth nitrate mixture from California 
bastnasite ore. The location of the ore deposit, Mountain 
Pass, California, was chosen as the plant site. The plant 
was designed to process about 75 tons of ore per day, which 
is about the present daily production rate of the flotation 
mill at Mountain Pass. However, at the present time, the 
flotation mill is only operating intermittently. 
The flowsheet describing the method of processing the 
California bastnasite ore is presented in Figure 10. The 
leaching of the calcine, solvent extraction and calcium 
sulfate precipitation are batch operations, while the re­
mainder of the processing steps are continous operations. 
In designing the plant, it was assumed that the plant would 
operate an average of 350 days per year. While the plant 
was operating, all equipment other than the jaw crusher 
and cone crusher would run 24 hours per day and seven days 
per week. The jaw crusher and cone crusher were designed 
to operate only eight hours per day. 
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The operating conditions required for the production 
of the mixed rare earth nitrates would be the same as those 
recommended in the bench scale and laboratory investiga­
tions. The calcine would be leached in about 2.3-ton 
batches using a 57 per cent nitric acid to calcine weight 
ratio of 3.0. During the subsequent filtration and dilu­
tion operations, the leach liquor would be diluted about 
35 to 40 per cent, depending on the initial composition 
of the raw ore. The solvent extraction operation would be 
a batch cocurrent operation requiring an overall TBP to 
fresh feed ratio of 2.62 and a scrub solution to fresh 
feed ratio of 0.364. The raffinate from the solvent exr-
traction operation would be processed to recover the nitric 
acid consumed by the calcium and other impurities. The 
use of a 96" per cent sulfuric acid to raffinate volume 
ratio of 0.18 would be required to liberate the majority 
of the nitric acid. 
About 7.5 tons of rare earth oxides or equivalently 
19.875 tons of rare earth nitrates hexahydrate would be 
produced each day. The quantity of materials handled in 
the various streams of the plant operation are listed in 
Table 18. 
78 
Table 18. Average flowrates of the materials handled in 
the plant producing a pure rare earth nitrate 
mixture 
Stream Quantity of material 
Raw ore 3.125 tons per hour 
Calcine 2.290 tons per hour 
Hitrie acid 1,211 gallons per hour 
Wash water 441 gallons per hour 
Pregnant solution 1,540 gallons per hour 
Solvent extraction feed 
leach soin scrub soin. 2,100 gallons per hour 
TBP feed 4,040 gallons per hour 
TBP product: 4,220 gallons per hour 
Raffinate 1,930 gallons per hour 
Scrub solution 560 gallons per hour 
Sulfuric acid 347 gallons per hour 
Sulfate wash solution 772 gallons per hour 
Feed to distillation still 2,512 gallons per hour 
Recycle nitric acid 727 gallons per hour 
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Equipment Costs 
The size of the equipment and the cost of the equip­
ment required for the production of a pure rare earth 
nitrate mixture from bastnasite ore in a commercial plant 
are itemized in Table 19. The size of the equipment was 
estimated from the flowrates listed in ulable 18. The size 
of the equipment was 1.5 times the size required for pro­
cessing 75 tons of ore per day so that the plant could be 
expanded if necessary. All equipment costs were obtained 
from Taggart (24) and Aries and Newton (l). The equipment 
costs listed in Taggart and Aries and Newton were converted 
to December 26, 1957, by using the conversion factors 
listed in Engineering News Record (6) (7)• A factor of 
1.43 was used to estimate the installed equipment costs 
from the purchased equipment costs (l). 
The leaching vessels were designed to process 2.3 
tons of calcine per batch. The total time required to 
feed the ore and nitric acid to the reactor, to digest 
the resulting slurry for one hour and to empty the reactor 
was estimated to be two hours. Therefore, two reactors 
operating one hour out of phase would be needed in the 
plant. The leaf filter used to filter the calcine leach 
slurry was designed from the filter test data obtained 
in the laboratory investigations. The leaf filter was 
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Table 19. Installed process equipment costs 
Basisî 75 tons raw ore per day 
Number Equipment Total cost 
1 Tank, 40,000 gallon, steel, sulfuric: 
acid storage | 14,200 
1 Tank, 15,000 gallon, stainless-clad 
steel, nitric acid storage: 28,400 
1 Tank, 50,000 gallon, steel, water 
storage 16,700 
1 Coarse ore bin, 1,500 gallon, pine 500 
1 Pan feeder, 30-in. by 13-ft. 10,800 
1 Grizzly, 3 by 5-ft. 500 
1 Jaw crusher, 15 by 24-in. 13,700 
1 Vibrating screen, 40 by 72-in. 6,100 
1 Symons cone crusher, 2-ft. 16,700 
1 Fine ore bin, 2,000 gallon, pine 600 
1 Rod mill, 5 by 10-ft. 31,500 
1 Rotary kiln, 7 by 110-ft. 72,000 
1 Vibrating screen, 4 by 10-ft. 7,300 
1 Calcine storage, 6,000 gallon, pine 1,200 
1 Hardinge constant weight feeder, 
12 tons per hour 2,900 
2 Reactor, 2,000 gallon, stainless 
steel, agitated 53,300 
1 Filter, leaf, 4,000 ft.2, 2 in. 
spacing 63,400 
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Table 19 (continued) 
Number - Equipment : Total cost 
1 Tank, 5,000 gallon, stainless-clad 
steel, pregnant solution storage # 12,200 
1 Tank, 7,500 gallon, steel, TBP storage 5,800 
5 Tank, 5,000 gallon, glass lined steel, 
agitated, solvent extraction units 83,500 
3 Tank, 7,500 gallon, glass lined steel, 
agitated, scrub tanks 70,100 
1 Tank, 15,000 gallon, glass lined steel, 
raffinate storage 16,700 
1 Tank, 35,000 gallon, glass lined steel, 
product storage 25,000 
1 Tank, 4,000 gallon, glass lined steel, 
agitated, sulfate precipitation 15,200 
1 Filter, leaf, 1,000 ft.2, 2 in. spacing 28,400 
1 Distillation tower, 50", 8 plates, 
stainless steel, nitric acid recovery 32,100 
1 Distillation tower, 20", 4 plates, 
stainless steel, sulfuric acid recovery 13,300 
10 Pump, 100 gpm, stainless steel 9,600 
5 Pump, 400 gpm, stainless steel 8,700 
8 Mixer, 5 horsepower 6,700 
2 Motor, 30 horsepower 2,700 
1 Motor, 75 horsepower 3,000 
1 Motor, 50 horsepower 2,000 
15 Motor, 5 horsepower 6,900 
2 Motor, 10 horsepower 1.400 
Total installed equipment costs #683,100 
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designed to use a vacuum of 20 inches of mercury or 9.82 
pounds per square inch. The filtration cycle was assumed 
to consist of 1/2 cake forming, 1/6 washing, 1/6 drying 
and 1/6 discharge. The size of the leaf filter used to 
filter the calcium sulfate precipitate was estimated, 
since the complete information of the nitric acid operation 
was not determined during this research project. 
The accounting procedure outlined by Aries and 
Newton (l) was used to calculate the total capital invest­
ment. In calculating'the total capital investment, the 
cost of the instrumentation, piping, building, electrical 
facilities and service installations, was calculated as 
a fraction of the Installed process equipment costs. The 
distribution of the capital investment is shown in Table 20. 
Processing Costs 
The processing costs are the costs directly associated 
with the daily production of the rare earth nitrate mixture. 
The processing costs include the cost of mining the ore, 
chemicals, labor, supervision, utilities, maintenance, 
depreciation, taxes and insurance. The cost of these 
items was estimated from the bench scale tests and the 
information presented in Taggart (24) and Aries and New­
ton (1). 
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Table 20. Capital investment for proposed rare earth plant 
Basis: 75 tons raw ore per day 
Item Total cost 
Installed equipment costs (I.E.C.) # 683,100 
Building - 30% of I.E.C. 204,900 
Piping 
Pipe - 40% of I.E.C. 273,200 
Valves - 20% of I.E.C. 136,600 
Fittings - 10^  of I.E.C. 68,300 
Services - 40$ of I.E.C. 273,200 
Instrumentation - 15% of I.E.C. 102,500 
Electrical - 10% of I.E.C. 68.300 
Total plant costs (T.P.C.) §1,810,100 
Contingency - 15% of T.P.C. 271.500 
Subtotal A (S.T.A) 2,081,600 
Taxes and insurance - 5% of S.T.A 104.100 
Subtotal B: (S.T.B) 2,185,700 
Contractors profit - 10% of S.T.B: 218.600 
Subtotal C (S.T.C) 2,404,300 
Engineers expense - 12% of S.T.C 288.500 
Subtotal D (S.T.D) 2,692,800 
Overhead - 15% of S.T.D 403.900 
Total capital investment #3,096,700 
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Since the Molybdenum Corporation of America own 
both the mine and mill at Mountain Pass, California, the 
cost of the ore was assumed to be negligible. Lund and 
Holmes (15) estimated that the cost of mining the ore and 
the royalities on the ore would be about §2.50 and $0.50 
per ton respectively. Commercial grade nitric acid, 57 
per cent, and sulfuric acid, 96 per cent,,were the only 
chemicals required for the processing of the bastnasite 
ore. The cost of the chemicals were obtained from the 
Oil, Paint and Drug Reporter (16). Freight rates for 
shipping the chemicals and fuel oil from Los Angeles, 
California to Mountain Pass, California, a distance of 
about 250 miles, were estimated from Aries and Newton (l). 
The labor requirements for the individual operations 
required for processing the ore were estimated from the 
information presented in the literature. The estimated 
labor requirements are listed in Table 21. The overhead 
which includes maintenance personnel, office help, etc., 
were calculated as a fraction of the labor costs. Table 22 
shows the distribution of the processing costs determined 
in the preliminary cost estimate. The accounting procedure 
of Aries and Newton was used in preparing Table 22 (l). 
The total cost of preparing one pound of rare earth 
nitrates hexahydrate dissolved in TBP was estimated to be 
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Table 21. Estimated labor requirements for the processing 
of 75 tons of bastnasite ore per day 
Operation Men Hours 
operating 
Total 
man hours 
Crushing (jaw crusher) 1 8 8 
Crushing (cone crusher) 1 8 8 
Grinding (rod mill) 1 8 8 
Calcination 1 24 24 
Leaching 2 24 48 
Filtration 1 24 24 
Solvent extraction 1 24 24 
Nitric acid recovery 1 24 24 
Supervision 1 24 24 
$0,156. Large quantities of calcium sulfate and barium 
sulfate are produced as by-products during the processing 
of bastnasite ore. However, no credit was allowed for 
these by-products in the cost estimate. 
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Table 22. Preliminary process cost estimate for proposed 
rare earth nitrate plant 
Basis ï 75 tons of ore per day 
Item Units/day Unit cost Cost 
Direct costs 
Mining 
Royalties. 
Chemicals 
Nitric acid, 57% 
Sulfuric acid, 96% 
Water 
Fuel oil. 
Shipping 
Nitric; acid, 57% 
Sulfuric; acid, 
Fuel oil-
Labor 
Operational 
Supervision 
Electricity 
Maintenance. (7% per year of 
capital investment.) 
75 tons; 
75 tons: 
24.75 tons 
64.20 tons 
25,000 gal 
2,000 gal 
24.75 tons 
64.20 tons 
7.50 tons: 
168 man hrs 
24 man hrs 
5800 EWE 
Total direct costs 
§2.50/ton 
§0.50/ton 
&44.40/ton 
§23.50/ton 
#0.06/1000 gal 
#0.07/gal 
SO.47/100 lbs 
SO.47/100 lbs 
#0.47/100 lbs 
|2.50/hr |3.50/hr 
#0.0l/KWH 
Indirect costs 
Depreciation (10% per year of 
capital investment) 
Taxes and insurance (2% per year of 
capital investment) 
Overhead (50% of labor) 
Total indirect costs 
Bulk manufacturing cost 
Cost per pound of RE ( NO-^  ) ^.6EgO 
I 187.50 
- 37.50 
1098.90 
1508.70 
1.50 
140.00 
232.65 
603.48 
70.00 
420.00 
84.00 
58.00 
616.50 
5048.73 
884.78 
176.95 
252.00 
#1313.-73 
$6362.46 
15.9?C 
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DISCUSSION OF RESULTS: 
This dissertation presents the results of an extensive 
investigation of the operating conditions required in the 
process developed for the production of a pure rare earth 
nitrate mixture from California bastnasite ore. The prin­
cipal unit operations investigated in this project were the 
leaching, filtration and solvent extraction operations. 
The variability in the composition of the ore made it 
difficult to specify exact operating conditions. There­
fore, the operating conditions were made flexible enough 
so that the majority of the ore from the California deposit 
could be treated by this process. 
The reaction between the calcine and the nitric acid 
produced very large quantities of heat. In fact, the slurry 
became so hot that both nitric acid and water vapors were 
evolved. Unless the leaching tanks are equipped with 
condensers, excessive nitric acid losses might be encoun­
tered. However, the quantity of heat produced per unit of 
time could be reduced by decreasing the rate at which the 
calcine is fed. Of course, a reduction in the rate at 
which the ore is fed could increase the time required to 
feed the ore as well as reduce the daily capacity of the 
reactor. 
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The nitric acid and calcium nitrate concentrations in 
the leach liquor are critical factors in the efficiency of 
the filtration and solvent extraction operation. If the 
calcium nitrate content of the leach liquor is too great, 
crystals of calcium nitrate will precipitate during the 
filtration operation and will clog the pores of the filter 
cloth. The best method of preventing the calcium nitrate 
precipitation is to filter the slurry while it is still 
warm. However, excessive wear of the filter cloth might 
result from the use of the warm solutions. Immediately 
after the filtration of the slurry, the clear leach liquor 
must be diluted to prevent calcium nitrate precipitation 
as the solution cools. 
The nitric acid concentration of the leach liquor 
has an appreciable effect on the solvent extraction oper­
ation. If the acid concentration is too high, the amount 
of rare earths recovered in the TBP product might be re­
duced. While in contrast, if the acid concentration is 
too low, excessive amounts of calcium will be transferred 
to the TBP and the final TBP product will be contaminated 
with calcium. However, when the nitric acid concentration 
is too low, the amount of calcium in the final TBP product 
can almost be eliminated by increasing the nitric acid 
concentration of the feed solution to about three normal. 
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The efficiency of the nitric acid recovery operation 
dictates the amount of nitric acid lost as well as the 
amount of sulfuric acid consumed. Since chemical costs are 
the major cost items in the process, the nitric: acid re­
covery operation is very important. However, the details 
of the nitric acid recovery operation were not thoroughly 
investigated since many of them have been investigated by 
commercial producers of nitric acid. Also, the efficiency 
of the nitric acid recovery could be more adequately de­
termined in a pilot plant operation using a commercial 
distillation tower. However, the small scale tests per­
formed during this research project indicated that over 90 
per cent of the nitric acid combined with the calcium and 
other impurities could be recovered. Possibly, the ef­
ficiency of the operation can be improved by increasing 
the size of the operation. Any increase in the amount of 
nitric acid recovered would result in a decrease in pro­
duction costs. Even so, when nitric acid losses as high 
as 10 per cent were encountered, the preliminary cost 
estimate indicated that the mixed rare earth nitrate hex-
ahydrates dissolved in the TBP could be produced for about. 
§0.16 per pound of mixed rare earth nitrate hexahydrates. 
90 
CONCLUSION 
A process for the production of a pure rare earth 
nitrate mixture from California "bastnasite ore was suc­
cessfully developed. The details of the process were in­
vestigated on both laboratory and bench scale operations. 
The operating conditions for the process were found to be 
the following: 
1. The ore must be calcined for at least one hour 
at 900°G or for four hours at 800°C in order to decompose 
the. calcite and bastnasite.® 
2. The use of a 57 per cent nitric acid to calcine 
weight ratio of 3.00, minus 10-mesh particles, and a 
leaching time of one hour yielded rare earth recoveries 
of over 99 per cent in the leaching operation. 
3. After the leach slurry was filtered, the resulting 
filtrate was diluted in order to keep all of the calcium 
nitrate in solution. The amount of water required to keep 
all of the calcium nitrate in solution varied with the 
composition of the ore, but in most instances all of the • 
calcium nitrate was dissolved by a 35 to 40 per cent dilu­
tion. 
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4. The solvent extraction operation required four 
cocurrent extract stages and an H/L volume ratio in each 
stage of 2.00. The TBP products from each extract stage 
were combined and then scrubbed twice with water to remove 
the calcium. The scrub solutions were returned to the 
first extract stage so that the rare earths and nitric acid 
could be recovered. Because of the recycling of the scrub 
solutions, the overall H/L ratio of the solvent extraction 
operation was about 0.38. 
5. The nitric acid combined with the calcium and the 
other impurities was liberated by a reaction between the 
raffinate and sulfuric acid. A sulfuric acid to raffinate 
volume ratio of 0.18 was required to liberate most of the 
nitric acid. The nitric acid was separated from the sul­
fate precipitates by filtration and the nitric acid con­
centration was increased to about 57 per cent by extractive 
distillation. About 92 per cent of the nitric acid that 
was combined with the impurities was recovered in this 
operation. 
Actual processing conditions were specified in suf­
ficient detail that a conceptual design of a plant could 
be made. The plant was designed to process 75 tons of 
bastnasite ore per day. A preliminary cost estimate 
indicated that the cost of producing one pound of a rare 
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earth nitrate hexahydrate mixture dissolved in TBP would 
be about $0.16. The concentration of the rare earth ni­
trates in the TBP from the solvent extraction operation 
was about 20 grams per liter. If more concentrated solu­
tions are required for the subsequent separation of the 
individual rare earths by solvent extraction, the rare 
earths must be scrubbed from TBP and be concentrated by 
evaporation of the water. The scrubbing and evaporation 
operations will increase the cost of producing the rare 
earth nitrate mixture, but the cost of these operations 
was not included in the cost estimate. 
It is not possible to compare the cost of producing 
the rare earth nitrate mixture from this process directly 
with the cost of producing the rare earths from monazite 
sands since the rare earths have been recovered as a by­
product in the production of thorium from monazite sands. 
Because of the high selling price of the mixed rare earth 
nitrate hexahydrates, about §0.75 per pound, and the very 
high price of the individual rare earth nitrates, the 
process developed during this investigation seems econom­
ically feasible. 
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APPENDIX A. ANALYTICAL METHODS 
Quantitative Analysis of Bastnasite Ore for Combined 
Rare Earths, Calcium, Barium, Silica and Strontium 
The analytical procedure described below is a com­
bination of the analytical procedures used by the Molyb­
denum: Corporation of America and the U. S. Bureau of Mines. 
Procedure 
(1). Place an accurately weighed sample of about 
0.5 g in a 250 ml beaker. Digest the sample in 20 ml of 
conc HCL and 5 ml of conc. HNO^  for about 15 minutes at 
about 80° C. Add to the solution about 8 to 10 ml of HGIO4. 
and then evaporate the solution to about 5 ml. 
(2). Carefully dilute the solution to about 75 ml. 
Filter the solution using a fine filter paper and then 
wash the residue several times with distilled water. Col­
lect the filtrate in a 600 ml beaker and save for step (4). 
The residue from the filtration step should contain all 
of the barium, strontium and silica. 
(3). Ignite the filtration residue for at least one 
hour at 800°C in a tared platinum crucible. Weigh the 
crucible and the residue after ignition. Evolve the silica 
with 48/3 HF and heat the solution to dryness. Ignite the 
crucible plus the residue. The weight loss due to the 
evolution of silica divided by the original weight of the 
sample in step (l) gives the per cent silica. The weight 
of the residue remaining in the platinum crucible divided 
by the original weight of the sample 'gives the per cent 
barium sulfate and strontium sulfate. 
(4). The filtrate collected in step (2) contains 
all of the rare earths and calcium. Dilute the filtrate 
to about 400 ml and then add 10 g of NH4GI to the solution. 
Adjust the pH of the solution to 9 or greater with NH4OH. 
Allow the resulting solution to set for at least 4 hours. 
Filter the solution using a coarse filter paper and wash 
the precipitate several times with dilute NH4OH. The rare 
earths are precipitated as the hydroxides while the calcium 
remains in solution. Save the filtrate for step (6). 
(5)» Dissolve the hydroxide precipitate with a hot 
1:1 (conc HOI to water) HOI solution into a 400 ml beaker. 
Wash the iron stains from the filter paper with a hot 1:20 
HG1 solution. Heat the resulting solution to boiling and 
add 5 ml of 30% HgOg and boil 5 minutes longer. Dilute 
the solution to 200 ml and adjust the pH of the solution 
to 2 or 3 with NH4OH. Adjust the volume of the solution 
to 250 ml, heat the solution to boiling, and carefully 
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add 30 ml of a hot saturated solution of HgO^ O^ . Let the 
solution and precipitate stand overnight. Filter the 
solution through a medium filter paper and wash the pre­
cipitate with an oxalate wash solution containing 10 gpl 
of H202°4 and 20 SPl of 70$ HNO^ . Ignite the precipitate 
in a weighed porcelain crucible for at least 4 hours at 
800°0. The weight of the oxides divided by the original 
weight of the sample in step (1) gives the per cent rare 
earth oxides.. 
(6). Heat the filtrate collected in step (4) to 
boiling and carefully add 25 ml of a 10$ (NH4)2^ -2^ 4 solu­
tion. Let the precipitate set for 4 hours before filtering. 
Filter the slurry using a medium, filter paper and then wash 
the residue several times with water. Ignite the preci­
pitate for at least 2 hours at 800°C in a tared porcelain 
crucible. The weight of the oxide divided by the original 
weight of the sample in step (l) gives the per cent calcium 
oxide. 
Analysis of T3P for Nitric Acid 
The nitric acid in the TBP can be titrated with a 
standard NaOH solution by dissolving the TBP in ethyl 
alcohol. The rare earths or calcium which might be in 
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the TBP and ethyl alcohol mixture can be precipitated with 
a saturated solution of K^ Fe(CN)g or E^ Fe(ON)^ . During 
the titration the phenophthalein endpoint is often dif­
ficult to see. Therefore, the endpoint should be deter­
mined with a pH meter. Any emulsions that are formed 
during the titration can be broken by further additions 
of ethyl alcohol. 
Analysis of TBP for Rare Earth Oxide. 
Stripping the TBP with water or dilute HHO^  will 
remove the rare earths from the TBP. The use of distilled 
water is the simplest method since an emulsion is formed 
when all of the'rare earths have been stripped. Any 
tetravalent cerium must be reduced to the trivalent state 
with HgOg before it can be stripped from the TBP. The 
strip solution can be analyzed for the rare earths in a 
manner similar to that described in steps (4) and (5) of 
the analytical procedure previously described. If the 
strip solution is free of calcium, the pH of the solution 
only needs to be adjusted to 2 or 3 before the rare earths 
are precipitated with The resulting rare earth 
oxalate precipitate is treated in a manner similar to the 
one outlined in the last part of step (5). 
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APPENDIX 3. FILTRATION CALCULATIONS 
The details for most of the calculations used in this 
dissertation need no explanation. However, the details of 
the calculations used to determine the area of the leaf 
filter need to be explained. The data collected during 
the performance of a typical filtration test are presented 
in Table 7. The slope and intercept of the line required 
in Equations 1 and 2 presented in the filtration studies 
can be determined from a plot of dt/AV versus T. The plot 
of >Qt/AV versus V and the calculated value of the slope, 
intercept, Cv and Vc obtained in a standard filter test 
are presented in Figure 2. 
After all filtration tests had been completed, the 
minimum filter area required in the processing of 75 tons 
of ore per day was calculated. The results of the filtra­
tion tests indicated that an acid to calcine weight ratio 
of 2.96 required the minimum filter area. 
The following example describes the method used in 
calculating the filter area. In the calculations the 
following values of the variables were used. 
Cv = 4.15x10"^  ft2lb sec/cm^ . This was the average 
of the Cv1 s obtained in the filter tests using an acid to 
103 
calcine weight ratio of 2.96. 
Vc « 50.7 This was the average Vq determined 
from the filter tests using an acid to calcine weight, 
ratio of 2.96:* 
V = 10.55x10% cm^ . This was the volume of filtrate 
resulting from the processing of 75 tons of raw ore per 
day. 
t = 12 hours or 4.32x10^ " sec. This was the time of 
cake forming during the filtration operation. The filter 
cycle was assumed to be 1/2 cake forming, 1/6 washing, 1/6 
drying and 1/6 discharging. 
2P = -20 inches of mercury or -1.4x10^  lb/ft2. This 
was the vacuum which was assumed to be used during a com­
mercial filtration operation. 
Equation 3 of the filtration studies states that: 
A2 = Qy(V2 -H2Wç) however, Vc is so much less than V, 
t(- ap) 
and therefore,. 2V0V is so much less than V2 that the 2WC 
term can be neglected. Using the assumption that the term 
2We can be neglected, Equation 3 becomes ). 
t(-ap) 
Substituting the various values of the terms in the sim­
plified Equation 3 gives the following results. 
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&2_. 4.15xlQ-2x(10.55xl0?)2 - 7.55XIO6 ft4" 
4^.32xl04x(l.41x103) 
A % 2750 ft2 
